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a  b  s  t  r  a  c  t
We  report  a scalable  method  for  recovery  of cellular  lipids  and  subsequent  conversion  to  products.  When
in  situ  transesteriﬁcation  was  performed  at high  solid  loadings  (>20%(w/w))  by  reacting  microalgal
biomass  in  acidiﬁed  methanol  (containing  5%(v/v)  H2SO4),  the  released  FAMEs  were  produced  at  suf-
ﬁciently  high  concentrations  such  that  their  solubility  limit  in  the  reaction  medium  was  exceeded.  As  a
result,  the FAMEs  spontaneously  formed  a separate  phase  lighter  than  methanol  that could  be  directly
recovered  without  solvent  extraction.  Further,  FAME  production  rates  were  easily  predicted,  even  in
concentrated  biomass  slurries,  by models  derived  from  fundamental  reaction  kinetics.  Our  results  also
suggest  that  un-reacted  methanol  and  catalyst,  when  recovered,  could  be reused  in  subsequent  reactions.lgae
iofuel
iodiesel
chizochytrium limacinum
Thus,  this “one-pot”  process  represents  a viable  method  for production  of  biodiesel  from  algal  biomass
since  this  approach  (1)  eliminates  costs  associated  with  co-solvent  (e.g.,  hexane)  use, recovery  and  stor-
age, (2)  is  easily  scalable  by  virtue  of the  reaction  not  being  constrained  by  mass  transport  limitations,
and  (3)  facilitates  processing  of  concentrated  biomass  slurries  that  would  reduce reactor  volumes  and
minimize  reactor  and  handling  costs.
© 2016  Z. Published  by  Elsevier  B.V.  This  is an  open  access  article  under  the CC  BY-NC-ND  license. Introduction
The environmental impacts of continued dependence on fos-
il fuels has created an urgent need for sustainable and renewable
nergy sources. It is estimated that fossil fuels consumed in one
ear generate 44 × 1015 kg of atmospheric carbon, which is 400-
imes the amount of annual carbon ﬁxed by primary productivity
f current global biota [19]. In the U.S., the amount of cellulosic
thanol from agricultural waste and other forest-based sources,
hich does not compete directly with food markets, could, at best,
isplace up to 30% of the national transportation fuel demand [48].
dditional lignocellulose-derived fuels could be generated from
nergy crops such as switch grass, but as recent studies show,
hanges in land use patterns to produce these crops could still
esult in a signiﬁcant increase in carbon emissions [44]. In addi-
ion, the recently enacted Energy Independence and Security Act
EISA) of 2007 has set ambitious targets for “advanced biofuels” that
ust demonstrate at least 50% less greenhouse gas (GHG) emis-
ions than petroleum-based alternatives. Clearly, fuels obtained
∗ Corresponding author. Fax: +1 419 530 8086.
E-mail address: sridhar.viamajala@utoledo.edu (S. Viamajala).
ttp://dx.doi.org/10.1016/j.cattod.2015.11.048
920-5861/© 2016 Z. Published by Elsevier B.V. This is an open access article under the C(http://creativecommons.org/licenses/by-nc-nd/4.0/).
from terrestrial lignocellulosic materials alone cannot sustainably
bridge the impending energy gap or meet the renewable fuel man-
dates in the U.S. Alternative feedstocks such as microalgae that
can be grown on non-arable lands, with low-quality water and
without impacting existing agriculture and food markets, must be
developed.
Biofuels produced from microalgae, at an estimated oil content
of 40%, promise 10–100 times greater yield per land acre than other
crops, are directly compatible with current combustion engines
(drop-in fuels) and have the potential to signiﬁcantly displace
petroleum-based alternatives [1,7,9,14,16–18,45,52]. Microalgae
are unicellular aquatic photosynthetic eukaryotes that ﬁx CO2 more
efﬁciently than terrestrial plants [20,47]. Part of this ﬁxed C is stored
in various lipid forms, including triacylglycerides (TAGs), free fatty
acids, sterols and wax  esters − up to 60% of dry cell material in
some strains [29,45]. Microalgae can also accumulate carbohy-
drate polymers (starchlike compounds) that could yield biofuels
[15,17].
Lipids could be recovered from either wet or dry algal biomass.
To extract lipids from wet  algal pastes (after harvesting), meth-
ods based on the well-known Bligh and Dyer approach can be
used [8]. In this procedure, a mixture of chloroform and methanol
is added to wet  biomass to perform the extraction and the sol-
C BY-NC-ND license (http://creativecommons.org/licenses/by-nc-nd/4.0/).
3 atalys
v
t
i
a
(
m
t
i
p
r
v
r
n
t
m
i
i
t
b
a
i
p
i
c
i
m
d
b
t
t
e
t
a
i
t
m
u
l
v
c
e
l
t
a
F
s
t
i
t
(
i
c
t
a
a
h
m
r
r
a
o0 D.R. Nelson, S. Viamajala / C
ent ratios are balanced such that a single phase is formed with
he sample water. After extraction is complete, phase separation
s achieved by diluting the mixture with chloroform and water;
nd lipids partitioned into the organic phase can be recovered
for further conversion to fuel) by boiling off the chloroform. Most
odiﬁcations or adaptations of this procedure involve changing
he solvents and/or their ratios [13,21,34,41,53]. Besides requir-
ng large volumes of solvent, extraction of wet biomass can
roduce signiﬁcant solvent-contaminated wastewater that would
equire remediation. Furthermore, storage and handling of large
olumes of volatile solvents poses safety hazards as well as envi-
onmental risks. In any case, lipid recovery from wet biomass is
ot very effective unless additional energy-intense cell disrup-
ion methods, such as sonication, high pressure homogenization,
icrowave or other thermochemical pretreatments, are applied
n conjunction with solvent treatment [6,11,17,23,26]. Follow-
ng extraction, a second step may  be required—transesteriﬁcation
o make biodiesel or hydrotreatment to produce hydrocar-
ons. Thus, this overall two-step process requires signiﬁcant
mounts of solvents as well as multiple unit operations (includ-
ng solvent recovery and storage). Although these methods can
otentially be scaled-up to produce biodiesel from algae, the tox-
city of the solvents and cost of their recovery are causes for
oncern.
Supercritical ﬂuid extraction (SFE) using carbon dioxide [10,36]
s an alternative approach that signiﬁcantly lowers the require-
ents for organic solvents, as well as mitigates concerns for waste
isposal after the reaction. SFE can also be performed on wet
iomass using alcohols such as methanol [27] or ethanol [49]. In
his process, solvent use is avoided and when used in combina-
ion with appropriate transesteriﬁcation catalysts, methyl- or ethyl
sters can be produced from biomass in a single step. However,
his process requires high temperatures and pressures (250–350 ◦C
nd 50–200 atm pressure) [27,49], thus resulting in potentially high
nitial capital investment and continuously high energy inputs. Fur-
her, while laboratory scale studies show the potential of these
ethods for vegetable oils, their applicability to algal biomass is
nknown. Finally, the scalability of these methods is yet to be estab-
ished.
From dry biomass, lipids can be more easily extracted via sol-
ent extraction [21,50] followed by evaporation of solvent. For
onversion to biodiesel, these lipids have to be processed via trans-
steriﬁcation with methanol. An alternative approach to recover
ipids is via reactive extraction (or in-situ transesteriﬁcation). In
his method, extraction and transesteriﬁcation are combined into
 single step, thus lowering solvent use and processing time.
or microalgae, acid catalysts are preferred in order to mitigate
aponiﬁcation and catalyst loss from free fatty acids present in
he biomass [25]. Typically, substantially dry oleaginous biomass
s treated with a mixture of alcohol and acid or base resulting in
he reactive extraction of triglycerides as fatty acid alkyl esters
typically fatty acid methyl ester, or FAME). While dry biomass
s preferred, recent studies have also shown that the method
an give good yields in the presence of small amounts of mois-
ure [40]. However, this process, as reported by others, results in
 homogeneous methanol-FAME solution [2,12,30,34,38,42,51,54]
nd further liquid–liquid extraction (e.g., with chloroform or
exane) has to be applied to recover FAME from the reaction
ixture.
In this report, we have outlined a simple and scalable strategy for
eactive extraction of cellular lipids as FAMEs and their subsequent
ecovery as a distinct insoluble phase. We  have further developed ﬁrst-principles kinetic model to predict the temporal formation
f FAME product during in situ transesteriﬁcation of microalgalis Today 269 (2016) 29–39
biomass lipids as a function of biomass (or lipid) concentrations
and catalyst loading.
2. Materials and methods
2.1. Chemicals
HPLC-grade chloroform, n-hexane, methanol were obtained
from Sigma–Aldrich (St. Louis, MO)  and used as received. Sulfuric
acid (98%) and individual fatty acid methyl esters (all > 95% purity)
including methyl myristate (C14:0), methyl pentadecanoate
(C15:0), methyl palmitate (C 16:0), and methyl docosahexaenoate
(C 22:6) were also obtained from Sigma–Aldrich and were used to
prepare standards for gas chromatography (GC) calibrations. Yeast
extract and Bacto-peptone were obtained from BD Biosciences
(San Jose, CA). 99.5% pure glycerol was  obtained from Mallinck-
rodt Chemicals (Phillipsburg, NJ). Instant Ocean brand sea salt was
obtained from Aquarium Systems Inc. (Mentor, OH).
2.2. Microorganism, culture conditions and preparation of cells
A pure strain of Schizochytrium limacinum SR21 (ATCC MYA
1381, henceforth referred to as SR21) was used in this study. The
growth medium contained 1 g/L yeast extract, 1 g/L peptone, 10 g/L
sea salt, and 6 g/L glycerol that was adjusted to pH 7.0 and auto-
claved. Cultures were grown in 5 L spinner ﬂasks (Kontes Cytostir,
Kimble Chase Life Science and Research Products LLC., Vineland, NJ)
at room temperature (20 ◦C) and sparged with ﬁltered air (0.2 m).
After 5 days, biomass from all growth reactors was harvested
(4000 × g, 20 min), washed with a 0.85% (w/w) NaCl solution, and
dehydrated using a FreeZone 4.5 freeze dryer (Labconco, Kansas
City, MO).
2.3. In situ transesteriﬁcation
The variables tested in this study included reaction temper-
ature (60–100 ◦C), acid concentration (1–5% (v/v) H2SO4) and
biomass concentration (66–250 mg/mL). The in-situ transesteri-
ﬁcation reactions were performed in 1.5 mL  crimp-top GC vials.
Freeze dried SR21 cells were ﬁrst carefully weighed into dry vials
followed by addition of 0.5–1 mL  of acidiﬁed methanol solution.
The acidiﬁed methanol solution was prepared by mixing appro-
priate volumes of concentrated sulfuric acid (98%) and methanol.
The vials containing the mixture of biomass and acidiﬁed methanol
were sealed and incubated in a heating block (model DRB200, Hach
Chemical Company, Loveland, CO) for 10–180 min  at set reaction
temperature. The vials were removed every 10 min  to be vor-
texed to ensure adequate mixing. Periodically, experimental vials
were destructively sampled and analyzed for solubilized lipids and
FAMEs. For each combination of temperature, acid-, and biomass-
concentration, experiments incubated for various durations pro-
vided kinetic data for the reaction conditions.
For analysis, vials were removed from the heating block, cooled
and centrifuged. The liquid was  then carefully removed using a
glass syringe and placed in a 20 mL  serum bottle. 1 mL  hexane was
then added back into the reaction vials to rinse reactor contents of
residual products. Vials were re-centrifuged and the supernatant
was pooled with the original liquid product. 4 mL of hexane was
further added to the serum bottles such that products of the in situ
transesteriﬁcation reaction were mixed with a total of 5 mL  hex-
ane. The serum bottles were sealed and extraction into hexane was
performed by incubation at 90 ◦C for 20 min  with vigorous shaking.
After cooling, the acidiﬁed methanol and hexane formed separate
phases. A 0.5 mL  sample of the upper hexane phase was carefully
removed, further diluted in hexane as required (to ensure measured
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oncentrations stayed within the calibration range) and placed in
C vials for analysis.
.4. Extraction of native lipids
Native lipids were extracted from dry biomass using a solvent
ixture containing equal volumes of hexane, tetrahydrofuran and
hloroform similar to procedures previously reported [51]. 20 mg
f freeze-dried biomass samples were sonicated (Model S-450A,
ranson Ultrasonics Corporation, Dunbury, CT) in 5 mL  of the sol-
ent mixture at a power setting of approximately 150 W for 1 min
n 10 s intervals. The tube was then centrifuged and the supernatant
as collected. The extraction was repeated two more times by re-
uspension of the pellet in fresh solvent followed by sonication.
fter each sonicaton step, the tube contents were centrifuged and
ll the supernatants were pooled together. Control tests showed
hat no measurable lipid was extractable beyond three repetitions
f the extraction process. The pooled extract was  ﬁltered and ana-
yzed by GC as described in Section 2.5.
.5. Lipid analysis
A Shimadzu GC-2010 equipped with a Shimadzu AOC-20i auto
njector and ﬂame ionization detector (FID) was used for all anal-
ses. The GC was equipped with a Restek RTX-Biodiesel column
ith 0.53 mm guard. The FID detector was set at 370 ◦C, with a
olumn ﬂow of 2.53 mL/min. The injection volume was 1 L; tem-
erature was programmed to increase from 60 ◦C to 370 ◦C at a
ate of 10 ◦C/min and held constant at 370 ◦C for 6 min. FAME con-
entrations were calibrated over the range 0.025–0.3 mg/mL  using
tandard solutions. Octocosane (0.1 mg/mL) was  added to all stan-
ards and samples analyzed and served as an internal standard.
.6. Statistical analysis
Each set of experiments was carried out in duplicate and all crit-
cal treatments were repeated as separate experiments to ensure
eproducibility. Data presented here are the average values and
rror bars represent the computed standard deviation.
. Results and discussion
.1. Characterization of biomass lipids
Extraction was ﬁrst performed on dry biomass using a solvent
ixture (containing equal volumes of n-hexane, chloroform and
etrahydrofuran) that extracted lipids in their native state. The GC
hromatograms of the “total lipid extract” showed that the major-
ty of the cellular lipids were TAGs that eluted from the column at
pproximately 30–35 min  [51]. Concentrations of other biodiesel-
elevant components, such as mono- and di- glycerides or free
atty acids (elution times between 10–30 min) were comparatively
uch lower (Supplementary information Fig. S1). Consistent with
revious analytical protocols, we also performed in situ transester-
ﬁcation with biomass at low concentrations in acidiﬁed methanol
20 mg/mL, 5%(v/v) H2SO4, 90 ◦C, 9 min) [25]. Extractions of reac-
ion media and residues after in-situ transesteriﬁcation did not
how detectable TAGs suggesting that near-complete conversion
o FAMEs was achieved. GC–MS analysis identiﬁed methyl palmi-
ate and methyl docosohexanoate as the major FAME compounds
long with smaller amounts of methyl myristate and methyl pen-
adecanoate eluting at 11 and 12 min, respectively. The fatty acid
omposition of SR21 obtained from FAME analysis is shown in
able 1 along with compositions reported by others [12,30,54].is Today 269 (2016) 29–39 31
3.2. Kinetic model development
As described by Meher et al. [37], the mechanism of transester-
iﬁcation catalyzed by Brønsted acids involves a three step process.
In the ﬁrst step, a carbonyl group of the glyceride is protonated to
form a carbocation. This is followed by the nucleophilic attack of
reacting alcohol (e.g., methanol) to produce a tetrahedral interme-
diate. This unstable intermediate ﬁnally gets eliminated from the
glycerol backbone to form a new ester while simultaneously regen-
erating the proton catalyst. This general mechanism can be written
in the form of the following three reaction steps:
G + H+ k1
k−1
GH+ (1)
GH+ + M k2
k−2
GMH+ (2)
GMH+
k3→FAME + Glycerol (3)
where, G is the glyceride, M is methanol and H+ is the proton. It
must be noted that since this mechanism is written for one glyc-
eride bond, the number of moles of FAME produced must equal
the number of moles of glyceride bonds broken. Each triglyceride
molecule has three glyceride bonds. The ﬁrst two reactions are
reversible with rate constants k1, k−1, k2, and k−2 for the forward
and reverse reactions. The third reaction is considered irreversible
since the reaction is performed with large excess of methanol such
that the molar glycerol concentrations would be very low. The rate
constant for Reaction (3) is k3.
From the three elementary reactions, the following equilibrium
and rate relationships can be established:
k1 [G]
[
H+
]
= k−1
[
GH+
]
(4)
k2
[
GH+
]
[M] = k−2
[
GMH+
]
(5)
k3
[
GMH+
]
= d [FAME]
dt
= −d [G]
dt
(6)
where,
[G] = speciﬁc stable glyceride concentration during the reaction
(mM-glycride)[
H+
]
= speciﬁc stable H+ concentration during the reaction
(mM-H+)
[M] = speciﬁc stable methanol concentration during the reaction
(mM-methanol).[
GH+
]
= speciﬁc stable glyceride-H+ carbocation during the
reaction (mM-glyceride-H+)[
GMH+
]
= speciﬁc stable glyceride-H+-MeOH tetrahedral inter-
mediate during the reaction (mM-glyceride-H+-MeOH)
In this reaction, methanol is generally present in large stoichio-
metric excess and its concentration ([M]) can be assumed constant.
The presence of excess methanol would also imply that the second
reaction (Eq. (2)) rapidly attains equilibrium. The ﬁrst reaction (Eq.
(1)) is also assumed to be at equilibrium since it involves the rel-
atively simple exchange of protons. Equilibrium relationships in
Eqs. (4) and (5) can be used to establish the reciprocal equilibrium
constants (ka and kb) for the ﬁrst two  steps of the reaction as:
ka = k−1
k1
=
[G]
[
H+
]
[
GH+
] (7)kb =
k−2
k2
=
[
GH+
]
[M][
GMH+
] (8)
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Table 1
Fatty acid methyl ester composition of Schizochytrium limacinum SR21.
References Fatty acid composition (% w/w  of total FAME) FAME yield (% g-lipid/g-cell)
Myristic (C14:0) Pentadecanoic (C15:0) Palmitic (C16:0) DPA + DHA (C22:5 & C22:6)
Yokochi et al. [54]a 2.7 7.6 34.2 51.7 20
Chi  et al. [12]a 4.3 n.r. 52.5 42.8 44.7
Johnson and Wen  [30]b 5.3 n.r. 56.7 34.8 42.1
This  studya 3.8 ± 0.1 2.5 ± 0.08 53.9 ± 1.3 40.1 ± 2.5 46.3 ± 1.2
n.r. = not reported.
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tHA = docosahexaenoic acid; DPA = docosapentaenoic acid.
a Cultures grown on pure glycerol.
b Cultures grown on crude glycerol.
Using these identities, Eq. (6) can be rewritten as
k3
[
GMH+
]
= d [FAME]
dt
= −d [G]
dt
= k3
[
GH+
]
[M]
kb
= k3 [M]
kb
×
[G]
[
H+
]
ka
(9)
n a simpliﬁed form,
d [FAME]
dt
= −d [G]
dt
= k3
kakb
[G]
[
H+
]
[M] (10)
urther, a mass balance of total proton concentration in the reactor
an be written as:
H+
]
0
=
[
H+
]
+
[
GH+
]
+
[
GMH+
]
(11)
here
[
H+
]
0
is the initial proton concentration at the start of the
eaction and can be estimated from the amount of acid added to
he reaction mixture.[
GH+
]
and
[
GMH+
]
can be estimated from Eqs. (7) and (8) as
GH+
]
=
[G]
[
H+
]
ka
(12)
nd,
GMH+
]
=
[
GH+
]
[M]
kb
=
[G]
[
H+
]
[M]
kakb
(13)
Substituting right hand side expressions from Eqs. (12) and (13)
nto Eq. (11) and rearranging terms, we get
H+
]
=
[
H+
]
0
1 + [G]ka +
[G][M]
kakb
(14)
gain, using the identity for
[
H+
]
from Eq. (14), Eq. (10) can be
earranged to give the expression for the overall rate equation as:
d [FAME]
dt
= −d [G]
dt
=
k3 [M]
[
H+
]
0
kb
(
1 + [M]kb
) × [G](
ka
1+ [M]
kb
)
+ [G]
(15)
he ﬁrst of the two product terms on the right hand side of Eq. (15)
s nearly constant during an isothermal reaction performed at a set
nitial acid concentration (
[
H+
]
0
) if [M] is in large stoichiometric
xcess and the equilibrium- and rate- constants remain unchanged.
hus, this term can be replaced by a single constant, Vm, as follows:
k3M
[
H+
]
0( ) = Vm (16)kb 1 + [M]kb
n the second product term of Eq (15), while [G] changes during
he reaction, the fractional term shown in parentheses in the in thedenominator is also constant under isothermal reaction conditions
and can be replaced by a single constant, Km, as follows:
ka
1 + [M]kb
= Km (17)
Finally, the rate expression can be written in a simpliﬁed from
similar to the Michaelis–Menten equation as:
d [FAME]
dt
= −d [G]
dt
= Vm [G]
Km + [G] (18)
While Vm and Km would both change with temperature, Vm is also
linearly proportional to the concentration of catalyst (
[
H+
]
0
) used
in the reaction. In the Michaelis–Menten model, Vm is similarly
proportional to the initial enzyme concentration.
The equation can also be written in integrated form as
Kmln
(
[G]0
[G]
)
+ ([G]0 − [G]) − Vmt = 0 (19)
where [G]0 is the initial glyceride concentration at the start of the
reaction and t is any intermediate time point during the reaction.
While the integrated form (Eq. (19)) is an exact solution to the dif-
ferential Eq. (18), it remains an implicit non-linear equation. One
simple approach to obtain an explicit closed-form solution to Eq.
(18) is by using Lambert W (x) functions [22]. Thus, an exact solu-
tion to Eq. (19) can be given as [43]
[G] = Km × W
(
[G]0
Km
exp
(
[G]0 − Vmt
Km
))
(20)
where the term in parentheses is the argument for the Lambert
function. For any argument x, the a convenient, yet close, approxi-
mation of the Lambert function can be written as [4]
W (x) = (1 + ε) × ln
⎛
⎝ 6x
5 × ln
(
2.4x
ln(1+2.4x)
)
⎞
⎠− ε × ln( 2x
ln (1 + 2x)
)
(21)
where ε = 0.4586887
In terms of product concentrations, Eq. (20) becomes
[P] = [G]0 − [G] = [G]0 − Km × W
(
[G]0
Km
exp
(
[G]0 − Vmt
Km
))
(22)
The computations for Eqs. (21) and (22) can easily be realized on
a computer spreadsheet (such as Excel) to generate [P] versus t
data for systems with known kinetic parameters Vm and Km. Alter-
nately, given kinetic data, the constants can be estimated by using
the Solver function in Microsoft ExcelTM, which uses a Generalized
Reduced Gradient nonlinear optimization code, by providing initial
guess values for the parameters and minimizing the error between
sum of the squared differences between the observed and predicted
[G] values.
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Fig. 1. Kinetics of in situ transesteriﬁcation at varying initial biomass concentrations. The open and closed symbols in each color represent results from duplicate experimental
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.3. Experimental kinetic data and model validation
Consistent with typical enzyme kinetic experiments, we ﬁrst
aried initial substrate (i.e., biomass) concentrations between
6 mg/mL  and 250 mg/mL  while keeping the catalyst loading con-
tant (at 5%v/v; equal to an approximate sulfuric acid concentration
f 95 mM).  Reactions were performed isothermally at 90 ◦C and
roduction of FAME was recorded over time. Experiments at
ach biomass concentration were performed in duplicate (marked
un#1 and run#2 at each concentration). Methanol concentrations
an be considered effectively unchanged during the reactions since
ven at the highest biomass loading (250 mg/mL), the molar ratio
f methanol to triglyceride was approx. 60 while the stoichiometric
atio for transesteriﬁcation is 3. From Fig. 1, it can be seen that the
ates of reaction increased when higher substrate concentrations
ere used, as qualitatively predicted from Eq. (18). To quantita-
ively forecast the kinetics of FAME production, kinetic parameters
rom the explicit solution in Eq. (22) were estimated by global curve
tting for greater overall accuracy rather than obtaining kinetic
onstants for each progress curve. Although, Eq. (22) is written
n terms of molar concentrations, the model equation will also
e virtually identical in mass concentration units (mg/mL) since
he molecular weights of the substrate (a single fatty acid chain
ttached to a glycerol backbone) and product (FAME) will be nearly
qual. Model ﬁts were therefore performed using product mass
oncentration data. [G]0 was computed as the product of initial
AME content of the biomass (Table 1) and biomass concentrations
sed in the reaction. From this “global-ﬁt multi progress-curve
nalysis”, the kinetic constants were estimated to be:
Vm = 1.88 mg and Km = 44.76mg (23)mL min mL
These kinetic constants were used to predict FAME production
t all initial substrate concentrations. The results are shown as the
olid lines in Fig. 1 and as can be seen, model ﬁts were found toresponds to the colors of the symbols that the model ﬁt predicts. The inset to the
f the slope of the linear regression line indicates the overall FAME yield across all
correspond very closely to experimental observations. The inset
to Fig. 1 shows the average FAME yields at the various biomass
concentrations tested in our experiments. From the slope of the
regression line in the inset, the biomass yields are estimated to
be 0.472 ± 0.013 mg-FAME/mg-biomass. These yields are consis-
tent with our independent measurement of the FAME content of
biomass as 0.463 ± 0.012 shown in Table 1.
To further assess if the model was  broadly applicable, a second
set of kinetic experiments were performed where biomass con-
centrations were kept constant (66 mg/mL), but catalyst (H2SO4)
concentrations were varied (1–5% (v/v); approximately equal to
molar concentrations of 19–95 mM).  Reactions were performed
isothermally at 90 ◦C. Under these conditions, Km is expected to
remain unchanged from the previously obtained estimate (Eq. (23))
due to identical reaction temperatures. However, Vm would change
with initial catalyst concentration (
[
H+
]
0
) (Eq. 16). As expected,
the rates of FAME production increased when higher catalyst con-
centrations were applied (Fig. 2). The dashed line in Fig. 2 shows
the theoretical FAME yield based on lipid composition reported
in Table 1 and from the slope of the line shown in the inset to
Fig. 1. A comparison with of theoretical yields with the experimen-
tal data shows two outliers (at 5% acid, t = 60 min) that have values
which are signiﬁcantly higher than expected, presumably due to
experimental or measurement errors.
To estimate the kinetic parameters associated with reactions
containing varying acid concentrations, independent curve ﬁts
were performed with duplicate time-course FAME production
data that were experimentally obtained at each acid concentra-
tion. Km from the previous estimate (44.76 mg/mL, Eq. (23)) was
kept constant while Vm was  allowed to vary to minimize errors
between observed and predicted FAME concentrations. Thus, an
independent Vm value was estimated at each acid concentration.
Good correlation between experimental data (symbols) and model
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Fig. 2. Kinetics of in situ transesteriﬁcation at varying acid (H2SO4) concentrations. The open and closed symbols in each color represent results from duplicate experimental
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ith acid concentration. The equation of the regression line and the corresponding
redictions (lines) were also observed under these experimental
onditions (Fig. 2).
Thereafter, to assess the correlation between model-generated
m values and acid concentrations, we plotted Vm versus
[
H+
]
0
hich is shown in the inset to Fig. 2. An exceptionally strong linear
orrelation was obtained, as expected from Eq. (16), further con-
rming the validity of the kinetic model. However, it is interesting
o note that the linear regression line does not pass through the ori-
in; rather the intercept is a small positive value which curiously
uggests that biomass lipids would transesterify slowly even in the
bsence of a catalyst. It is possible that this low reactivity could be
ue to some of the Lewis acidic Al and Fe salts/minerals present in
he solids (either as ash or from the growth medium) [35].
Finally, we assessed the effect of temperature on the reaction
inetics and these data are shown in Fig. 3. Experiments were
erformed at a biomass concentration of 66 mg/mL and with an
cid concentration of 5% (v/v). The symbols represent average of
uplicate experiments and error bars show one standard deviation
rom mean values. The solid lines in Fig. 3 do not represent model
ts, but merely serve to connect the data points for visual clarity.
s expected, rates (slopes of time–course curves) increased with
ncreasing temperature with very slow reaction kinetics observed
t 60 ◦C. Using zero-order initial rates (0–10 min), the effects of tem-
erature on reaction kinetics were modeled using the Arrhenius
quation (shown as inset to Fig. 3). Again, a good linear correla-
ion was observed. For a multi-step reaction, as described here,
nvolving multi-species equilibria, it is somewhat misleading to
ssess activation energies from the Arrhenius plot. However, the
ncrease in rates with temperature do indicate that the progress of
he third step of the reaction (Eq. (3)) is more rapid such that faster
rreversible product generation occurs.
While several previous studies have assessed the impact of
eaction variables such as acid concentration, time and reaction
emperature on FAME production by in situ transesteriﬁcation
25,28,30,40,51], a systematic and quantitative mechanism-based
nalysis of the reaction has not been reported. The framework pre-
ented here can potentially be applied to other experimental kineticrresponds to the colors of the symbols that the model ﬁt predicts. The horizontal
set to the graph shows the linear correlation of the estimated kinetic parameter Vm
lue of the regression ﬁt are also shown in the inset.
data available in the literature to assess the broad applicability of
this model and determine species- and catalyst-speciﬁc variations
in reaction kinetic parameters.
Although mathematical kinetic models for acid-catalyzed direct
transesteriﬁcation are absent in the literature, some efforts have
been made to model base catalyzed transesteriﬁcation reactions
of triglycerides in vegetable oils [32,39]. However, base catalyzed
transesteriﬁcation occurs via a signiﬁcantly different mechanism
with mono- di- and triglycerides showing different degrees of reac-
tivity. This results in accumulation of the intermediate glycerides
en route to FAME formation. In the presence of excess methanol,
base catalyzed transesteriﬁcations are believed to occur via a
“shunt mechanism” where all glyceride bonds are simultaneously
attacked. Since in situ transesteriﬁcation also necessarily requires
high methanol concentrations (to maintain a slurry of biomass dur-
ing the reaction), it is possible that the variable reactivities of the
glyceride bonds remain un-manifested. The model developed here
implicitly assumes that all glyceride bonds have similar relativities
and the close correlation of experimental data to model predictions
shown here seems to support this hypothesis for in situ transesteri-
ﬁcation. Further, in GC chromatograms of samples taken during the
course of the reactions, we  did not detect the presence of mono-or
di-glycerides.
One additional interesting implication of our results is that
in situ transesteriﬁcation appears to not be limited by mass transfer
rates—our reaction vials were not continuously agitated and yet the
reaction is well-described by from elementary mechanisms. When
dry algal cells are suspended in methanol, the triglycerides present
within the cells behave as a natural dispersion of oil in the polar
reaction medium. The high lipid surface area available under these
conditions likely drastically reduces mass transfer limitations and
ensures rapid reaction.3.4. Product recovery and recycle of unspent reaction media
During our studies, we  made the unexpected observation that
the FAMEs spontaneously formed a separate phase lighter than
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Fig. 3. Kinetics of in situ transesteriﬁcation at varying reaction temperatures. Symbols represent experimental data points. The solid lines are connected to the data points for
visual  clarity of the data and do not represent model predictions. The horizontal dashed line indicates the theoretical FAME yield based on lipid content of the feed. The inset
to  the graph shows the Arrhenius correlation of initial rates to reaction temperature. The equation of the regression line and the corresponding R2 value of the regression ﬁt
are  also shown in the inset.
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t  90 ◦C with an H2SO4 catalyst concentration of 5% (v/v). The photograph shows
uplicate experiments performed with fresh acidiﬁed methanol. The third and four
ethanol at the end of the reaction. The separate phase was  most
ronounced in reactions that contained high biomass (>20% (w/v))
nd high acid (5% v/v) concentrations (see photograph in Fig. 4).
he abundance of FAME in the light phase was evident when it
as recovered and analyzed by GC (see chromatogram in Fig. 4).
o assess the relative abundance of the product in the polar- and
on-polar- phases, we independently measured the concentration
f FAMEs in the entire reaction volume as well as in the methanol
hase in reactions that contained varying initial substrate concen-
rations. Our results showed that the concentration of FAME in the
ethanol phase was approximately the same at all biomass load-
ngs and approximately equal to 22 mg/mL  (Fig. 5). The total FAME
n the vial was much higher, especially in reactions with high sub-
trate loadings. These results suggest that the polar phase has aransesteriﬁcation reactions performed with a biomass concentration of 250 mg/mL
resence of a light FAME phase obtained after the reaction. The ﬁrst two  vials are
ls are from duplicate experiments performed with recycled methanol.
low limited solubility for FAMEs such that phase separation spon-
taneously occurs when FAME concentrations exceed this solubility
limit. In our experiments with the highest biomass concentrations
tested (250 mg/mL), the product mixture is expected to comprise
of 23.5 mmol-methanol (=0.95 mL), 0.4 mmol FAMEs (calculated
using a biomass lipid content value of 46.3% and an average FAME
molecular weight of 285 g/mole), and 0.13 mmol glycerol (assum-
ing that 1 mol  of glycerol is generated when 3 moles of FAME are
produced). In this mixture, the mole fraction of methanol is >0.97.
Previously reported phase equilibria [33,55] with the pure ternary
methanol-glycerol-FAME mixtures suggest that a single miscible
phase would form under these conditions; our results were con-
trary to this expectation. It was also somewhat puzzling, that the
FAMEs formed a light phase, especially considering that the spe-
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Fig. 5. Concentrations of soluble and insoluble FAMEs in the reaction vials after in situ transesteriﬁcation performed at various biomass concentrations. Experiments were
performed for 3 h at 90 ◦C with an H2SO4 catalyst concentration of 5% (v/v). The grey ﬁlled bars show the concentrations of FAME in the methanol phase and the empty bars
show  FAME concentration of the entire reaction mixture. FAME concentrations in the methanol phase were approximately 22 mg/mL  at all biomass loadings.
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eactions performed at a biomass loading of 200 mg/mL  and containing 5% (v/v) acid
iomass loadings) and 85% (high biomass loadings).
iﬁc gravity of FAMEs is higher than methanol − sp. gr. of methanol
.79 and that of most FAMEs is approximately 0.85–0.87. How-
ver, H2SO4 has a high speciﬁc gravity (1.84) which would cause an
ncrease in the overall density of the reaction medium. An acidiﬁed
ethanol solution containing 0.05 mL  H2SO4 and 0.95 mL  methanol
s expected to have a density of approximately 0.84 g/mL (calcu-
ated using an H2SO4 sp. gr. of 1.84). Further, algal biomass contains
ssociated media salts and ash, which if solubilized in the polar
ethanol would also increase the reaction medium density and
erhaps also facilitate good phase separation by increasing the
nterfacial surface tension. For example, for a feed with ash con-
ent of 10% (w/w) (typical of microalgae), the amount of minerals
resent in the medium, for a reaction with 250 mg  biomass, would
e approximately 25 mg.  When solubilized in methanol, this would
urther signiﬁcantly increase the density of the methanol phase (up
o 0.865 mg/mL). The more miscible acid and salt solutes could also
ossibly lower the effective solubility of FAME in methanol. Addi-dings by utilizing recycled reaction media. Media from in situ transesteriﬁcation
 recovered and used in these experiments. Reaction yields varied between 95% (low
tionally, the in situ transesteriﬁcation process would also likely
solubilize cellular materials which would further increase the den-
sity of the methanol phase. If 50 mg (out of the 250 mg  feed) were
solubilized during the reaction (due to release of cellular material as
a result of cell lysis during reaction or formation of glycosides from
carbohydrates), the density of the methanol phase could conceiv-
ably exceed the density of FAMEs. One ﬁnal possibility is that the
density of the FAME phase could have decreased due to dissolution
of methanol in that phase. It has been previously estimated that the
methanol content of biodiesel after transesteriﬁcation of vegetable
oils is typically 2–4% [31]. At this low solubility, the density of the
FAME phase would be decreased (from 0.87 g/mL to 0.867 g/mL),
but not substantially. In any case, without accurate measurements
of the various non-FAME components (organic and inorganic) in
the methanol phase, it is difﬁcult to accurately assess which factors
contributed to the formation of a dense phase. Our ongoing studies
are further investigating this unexpected phase behavior.
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sig. 7. Conceptual design of a process that employs in situ transesteriﬁcation follo
n  algae biomass feed rate of 1MT/h and 40% (w/w) lipid content. Mass balance calc
ines  point to stream mass ﬂow data. Glycerol is abbreviated as Gro.
Next, to assess the reusability of the reaction media, we  recov-
red the polar phase (comprising of remaining methanol, acid,
oluble FAMEs and other by-products of the reaction) and used it
without any modiﬁcation) to perform a second in situ transesteriﬁ-
ation. The polar liquid phase was carefully recovered from reaction
ials that had been used to complete a ﬁrst transesteriﬁcation reac-
ion (reacted at 90 ◦C) with 20% (w/v) solids in acidiﬁed methanol
ontaining 5% (v/v) H2SO4. The second set of reactions were carried
ut at four biomass concentrations—66, 125, 200 and 250 mg/mL.
ipid yield was determined after appropriately accounting for solu-
le lipids from the previous transesteriﬁcation step and the results
f FAME recovery with the recycled reactant are shown in Fig. 6.
hese data show that nearly 100% recovery of lipids was  obtained
hen low biomass concentrations were used. At high biomass con-
entrations, at least 85% of the lipids were transformed into FAMEs
uring the 3 h reaction period. It is possible that sufﬁcient accu-
ulation of glycerol occurs during the two-reaction sequence such
hat the forward methyl ester formation reaction in inhibited. It is
lso possible that some acid was consumed due to neutralization
f basic amino acids during the course of the two  sequential reac-
ions and may  have lowered the effective catalyst concentration
esulting in lower reaction rates (Fig. 2). A simple “bleed” strategy
f replacing a portion or the spent reaction media with fresh acid-
ﬁed methanol prior to the second step, could possibly lower the
ffective glycerol concentrations as well as replenish spent catalyst
nd continue to deliver stoichiometric yields. From our results, it
ppears that quantitative conversions at high solids concentrations
25% (w/w)) could be achieved with a bleed of 20% of the reaction
edia.
The formation of FAME as a separate phase and the potential
or substantial reuse of the reaction media would have signiﬁcant
mpact on the overall processing costs as well as on the envi-
onmental sustainability of lipid-derived fuels from algae. First,
ecovery of FAME by phase separation would avoid the use of
xtraction solvents for FAME recovery. As recently described, a
olvent to biomass feed ratio of 5:1 is expected to be neededy FAME recovery as a separate phase. Mass balances (stream data) are shown for
ns are based on experimentally obtained data during this study. The green dashed
for extraction of lipids from slurries in a multi-stage process
[17]—nearly equal to the amount of methanol used if reacting
concentrated biomass slurries with 20% solids. If hexane is used
for extraction, the energy burden associate with solvent recovery
would be nearly 2 MJ  per kg biomass processed (based on evapora-
tion of hexane, enthalpy of vaporization = 0.365 MJ/kg). The process
would further incur other costs associated with purchase of extrac-
tion equipment and energy for mixing. In addition, storage and
handling of large volumes of volatile, toxic and ﬂammable sol-
vents poses serious safety and environmental risks. Re-use of the
reaction media also lowers the burden associated with purchase
of fresh catalyst and methanol evaporation. If 80% of the reaction
media could be recycled directly, methanol recovery costs (from
distillation) would also be signiﬁcantly lowered.
3.5. Conceptual process ﬂow diagram
Based on our experimental results, we  have developed a con-
ceptual design of a process for direct transesteriﬁcation and FAME
production (Fig. 7). Mass balances are shown for a process feed of
1 MT/h biomass with a lipid content of 40% (w/w). After reaction
with (recycled) acidiﬁed methanol (stream 3), the product (stream
2) is sent to Settler #1 for phase separation and recovery of FAME.
During transesteriﬁcation, 0.05 MT/h of methanol is consumed and
0.043 MT/h of glycerol is produced. In addition, a small portion of
methanol is solubilized into the FAME phase. From the literature,
the FAME phase contains 2–4% methanol [31]. Using an average
value of 3%, the methanol mass ﬂow in the FAME phase is approx-
imately 0.01 MT/h. Glycerol is considered to be insoluble in the
FAME [31]. The majority of FAME product is directly recovered from
Settler #1 (stream 10) and sent for downstream product puriﬁca-
tion. Two-thirds of the remaining acidiﬁed methanol (after losses
to transesteriﬁcation and dissolution in FAME) from Settler #1 is
directly recycled back to the reactor (stream 4). This phase also
contains FAME at a concentration of 22 mg/mL  based on its solu-
bility in acidiﬁed methanol as estimated in the previous section. A
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art of the acidiﬁed methanol leaves from the bottom of the settler
ue to entrainment with the solids (stream 5). The “bleed” stream
 removes the remainder of the acidiﬁed methanol from the set-
ler. Glycerol is removed from the system with streams 5 and 9 and
he new mass of glycerol produced must equal the mass of glycerol
eaving the recycle loop. From mass balances (assuming two-thirds
ow to stream 5 and one-third ﬂow to stream 9), glycerol ﬂow rate
n streams 5 and 9 will be 0.029 MT/h and 0.014 MT/h, respectively.
urther, since ﬂow of stream 4 is two-fold higher than the sum of
he ﬂows in the bleed streams (stream 5 and 9), the ﬂow rate of
lycerol in stream 4 will be 0.086 MT/h. The wet residues from Set-
ler #1 are sent to a dryer for methanol recovery. The hot methanol
apors from the dryer are sent to an evaporator which also receives
he bleed stream. The hot and cold methanol streams (streams 8
nd 9) are combined in the evaporator for energy integration. The
ottoms product of Vacuum dryer #1 (stream 6) contains post-
xtraction residues and along with small amounts of non-volatile
cid, FAME and glycerol which could be further processed for nutri-
nt/glycerol recovery or co-product generation from the residue.
ethanol vapors from the evaporator (stream 12) are condensed
nd recycled back to the reactor. Fresh make-up acid and methanol
re also fed to the reactor (stream 7) to compensate for losses in
treams 6 and 11 and methanol consumption during transester-
ﬁcation. FAME from Settler #1 and evaporator bottoms (stream
1) is combined and sent to a water wash to remove acid, glycerol,
ethanol and other solubles similar to the conventional practice
n the biodiesel industry [24]. The “washed” FAME is recovered by
ettling (Settler #2) and dehydrated in Dryer #2 to ﬁnally obtain
 usable fuel product. The wash water from Settler #2 is sent for
ethanol and glycerol recovery.
From this process ﬂow, methanol could be used in a closed loop
ith signiﬁcant portions being directly recycled without evapora-
ion. While the feasibility of this approach of prolonged recycle of
he reaction media has not been rigorously proven in the present
tudy, our results certainly point to the feasibility of partial reaction
edia reuse. Use of fresh sulfuric acid would also be signiﬁcantly
ower due to recycle. The primary energy burden for this process
ould come from evaporation of methanol. From our mass balance,
 MT/h of methanol would be evaporated with an energy demand of
.1 GJ/h (based on enthalpy of vaporization of methanol). Assuming
toichiometric yields in the reactor (as evidenced from our kinetic
xperiments) 95% of the incoming lipids could be recovered with-
ut use of solvents.
Although not directly addressed in this study, biomass (feed)
rying costs need to be considered in the overall energy calculations
f the process. Since estimates of moisture content after harvesting
nd dewatering vary widely based on different technologies that
re available (typically between 70–90% (w/w) depending upon use
f centrifuge and/or belt press) [3], evaluation of these upstream
rocesses is outside the scope of the work being presented here.
owever, at some geographical locations of the world (such as trop-
cal regions), fossil energy needs for drying may  be lowered through
se of cross-ﬂow air drying or solar drying [5,46].
. Conclusions
In this study, we have developed a comprehensive understand-
ng of the direct transesteriﬁcation reaction for recovering FAMEs
rom microalgae. We  have demonstrated that the process can be
impliﬁed and the energy efﬁciency can be improved through
rocessing concentrated biomass slurries. In addition to reducing
eactor volumes, this high solids processing approach allows the
ecovery of FAMEs through automatic phase separation without
olvent extraction. The accurate prediction of reaction progress
y the kinetic model developed here suggests that direct trans-
[
[is Today 269 (2016) 29–39
esteriﬁcation is unlikely to be mass transfer limited. This would
facilitate scalable reactor designs and predictable operation. The
kinetic model developed herein can be used for developing scalable
reactor designs. Finally, our process wide mass balances suggest a
high degree of recyclability of unspent reactants and catalyst.
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